Gasification of biomass in bubbling fluidized beds can be limited by accumulation of unconverted char particles during the process. The amount of unconverted biomass depends on the residence time of the fuel particles. This study demonstrates a method for measuring the biomass residence time over the conversion period at a given air flowrate and a given amount of biomass in a bubbling bed using the variation of bed temperature and fluid pressure recorded over time. The results show that biomass conversion is characterized by the devolatilization and extinction times. The two biomass residence times increase with decreasing air flowrate and increasing amount of biomass charged in the bed. The amount of unconverted char between the two characteristic times also increases with decreasing air flowrate and increasing biomass load. The total heat loss during the devolatilization is observed to increase with increasing air flowrate and amount of biomass in the bed. Correlations are proposed for predicting the mean biomass residence time, the amount of unconverted char particles and the devolatilization heat loss at a given operating condition. The results of this study can be used in determining the bubbling bed properties and solid circulation rate required to decongest the accumulated char particles in the bed.
Introduction
Fluidized bed reactors can be operated under bubbling or circulating bed regimes for chemical conversion and synthesis. In biomass gasification for example, a combination of these regimes in so-called dual-fluidized bed reactors can be used to ensure efficient utilization of the carbon content of the fuel particles [1] . However, application of a single bubbling or circulating bed reactor offers simpler process design and depending on the utilization route of the producer gas, the type of reactor has to be chosen. In a fluidized bed reactor, an inert bed material is used to aid the fluidization quality of biomass, which is usually difficult to fluidize due to its peculiar shape, size and cohesiveness. Bed fluidization helps to achieve uniform material and heat distribution, thereby enhancing the reaction rates in the reactor. The fluidization also influences the residence time distribution [2, 3] and the conversion efficiency of the fuel particles [4] . In addition, the distribution of biomass in a fluidized bed depends on a number of factors including the biomass type, gas velocity and reactor design.
There are different studies on biomass residence time in fluidized beds. The definition of the particle residence times covered in literature depends on the purpose and thus must be clear for its application. The biomass residence time can be determined on the basis of its transport time between two reference positions in the bed, on the basis of the relative amount participating in reactions and on the basis of the time elapsed before complete conversion of the particles has been achieved. Although the later definition is implied in this study, the different types of biomass residence time are interrelated. The fuel conversion time may be longer if it does not receive adequate heat and gasification agent within the bed. The biomass particles can be transported to the surface or bottom of the bed due to segregation effect [5] , and thus have limited contact time with the bed material supposed to provide the heat required for the reaction. The particle segregation can be brought about by the density difference between biomass and the bed material particles [6] , and by the rise of gas bubbles formed around the particles as biomass undergoes devolatilization [7, 8] . The mean residence time and residence time distribution characterize the degree of mixing in a non-catalytic fluidized bed reactor [9] . Gao et al. [10] concluded that the particle flow pattern in a bubbling fluidized bed lies between those of the ideal plug flow and perfectly stirred reactor. Zou et al. [2] showed that an increase in the feed rate of solid particles makes the solids flow pattern closer to plug flow. As reported in different studies, different factors influence the residence time of biomass in fluidized beds. An increase in gas velocity and bed height leads to a wider residence time distribution of solid particles [2] . Larger particles have longer mean residence time [2, 3] and lower descending vertical velocity [2] . The mean residence time of solid particles also increases with increasing bed height and decreasing gas velocity in bubbling beds [3] .
In addition to distribution of biomass particles, the amount of biomass residing in the bed at a given operating condition determines its conversion efficiency. The conversion efficiency can be measured by the relative flow of carbon entering as solid and leaving the reactor as gas [4] . Before being completely converted, char particles can be reduced to elutriable sizes by attrition, fragmentation or both. Particle elutriation reduces the amount of active carbon for efficient conversion. When the elutriation effect is reduced, the char residence time can be longer, increasing the char conversion efficiency due to increased chemical kinetics rates [11] [12] [13] . The carbon conversion can be increased by improving the biomass devolatilization process since elutriation of char particles increases with the amount in the bed [14] . Although it is usually believed that devolatilization is a fast process, completing in few seconds depending on the particle size [15] , heating rate [16, 17] and the final temperature [16] [17] [18] [19] , Gable and Brown [20] clearly showed that this process can take more than 40 s to be essentially complete. Higher temperature and heating rate will for the same fuel particles result in a higher amount of volatiles and a lower amount of char in the bed. Moreover, a complete conversion of char in a bed may also not be possible due to a number of factors including the deactivation (thermal and graphitization) effect [21] [22] [23] , competing reactions within the vicinity of the char particles that may result in reducing the availability of the gasifying agent, and the competing rates between the mass transfer and reaction rate.
In addition to thorough studies on the distribution of biomass in fluidized bed reactors, this paper is aimed at presenting the measurement of the total time required for a given type and amount of biomass to be completely converted in a conventional air-blown bubbling fluidized bed reactor, assuming no elutriation of the fuel particles. Before biomass particles are completely converted, they usually undergo different reaction phases such as devolatilization and partial oxidation. By tracking the changes in the reaction phases, the amount of biomass unconverted over time can be determined. The fraction of biomass in a bed under a specific condition is a useful parameter for design purpose. For a mixture of bed material and biomass particles, the prediction of minimum fluidization velocity [24, 25] , minimum slugging velocity and bed expansion [26] depends on the proportion of biomass in the bed. With the knowledge of rate of accumulation of char particles, the solid circulation rate applicable in dual fluidized bed reactors can also be determined.
For measurement of biomass residence time based on the relative movement of particles in the bed, different techniques are used. The most common of these techniques are based on single particle tracing [3] and on stimulus responses from chemical differences [27] , radioactivity measurements [28] or phosphorescence [29] . The char yield during devolatilization is usually obtained by cooling and weighing method for a given measurement condition. By noting that the pressure drop increases linearly with the amount of char in a bubbling bed, Xu et al. [30] applied the measurement of bed pressure drop to determine the char yield at a given temperature under the atmosphere of nitrogen.
In this study, the experiments are conducted in batches in a nontransparent reactor using air as the fluidizing gas. The technique employed involves measurement of fluid pressure and temperature in the bed over a period of time. As the fluid pressure increases upon introducing biomass in the bed, the fractional change in the pressure indicates the amount of biomass consumed. The peak temperature recorded over the conversion period gives an indication about the completeness of the reaction. Due to partial oxidation with the available oxygen, the amount of char obtained in this study may be lower than that obtained when nitrogen is used as the fluidizing gas. However, the measured char yield still stands a chance of representing the true value when using air for biomass conversion. The detailed experimental procedure is presented in the following section. The results of the data obtained at different biomass loads and air flowrates are presented, analysed and discussed in the subsequent sections. The method developed and described here allows a quick and relatively easy determination of biomass conversion characteristics as well as char residence time in fluidized bed without complex and costly measurement procedure. The findings are based on comprehensive measurements under hot-flow conditions, analyses of cold-flow model results and mathematical modelling.
Experimental procedures
To gain in-depth understanding of how much time it takes a given amount of biomass to be completely converted at a given air flowrate, a batch process was used. This section presents a brief description of the bubbling fluidized bed reactor used, and also the detailed procedure employed in measuring the biomass residence time over the reaction Nomenclature Symbols A [m 2 ] cross-sectional area a [−] dimensionless fitting parameter D [m] bed diameter d [m] particle initial/bottom reference period and the amount of unconverted biomass particles as the reaction goes.
Experimental setup
As shown in Fig. 1 , the experimental setup consists of a stainlesssteel cylindrical column with 10 cm internal diameter, thickness of 4 mm and height of 1.0 m above the distributor. Three electric heating elements attached externally along the column wall are used to supply heat to the reactor up to 1000˚C. To minimize the heat loss, the inner side of the reactor is coated with a refractory material while the outer part is insulted with 200 mm thick fiberglass. The behaviour in the reactor is monitored with five different thermocouples and five different pressure sensors located along the vertical axis as shown. Each pressure sensor consists of a pressure tube connected to a pressure transducer through a 4 mm flexible tube, and measures the gauge pressure (i.e. the fluid pressure in excess of the atmospheric pressure) in the given location. The fuel supply is through a screw feeder, which is calibrated for each fuel applied. Air is supplied through two 10 mmsteel pipes positioned 27.5 mm from the column base. The mass flowrate of air is measured with a BROOK air flowmeter (3809 series) operating in the range, 0.48-4.7 kg/h. Above the reactor column, a gas sampling point is installed. The product gas from the reactor is passed through a flare before being discharged to the atmosphere.
In the experiments, compressed air was used as the fluidizing gas and oxygen carrier. Sand particles with mean particle size of 293 µm were used as the bed material. The mass of the bed material maintained throughout the experiments was 2.2 kg. Two different types of woody biomass were used; wood pellets and wood chips. The properties of the biomass and sand particles at the ambient condition are shown in Table 1 , where ρ p is the particle density, d p the volume-equivalent spherical diameter, φ p is the particle sphericity and ε is the void fraction of the bulk material. The wood pellets are cylindrical with diameter 6 mm and length in the range 5-30 mm. The wood chips are considered rectangular with variation in length, width and height in the range of 5-12 mm, 5-12 mm and 1-5 mm, respectively. The sand particle size was obtained by sieve analysis and the volume-equivalent spherical diameter of the biomass particles were computed from the particle geometry.
The experiments were conducted in batches using five different biomass loads in the range 90-450 g. The proportion of biomass in the total solid mixture is given in Table 2 , where m b is the initial mass of biomass loaded in the bed, x b is the mass ratio between biomass and sand particles, and Y b is the volume percentage of biomass in the total bed mixture. For each biomass load, six different air flowrates in the range 0.5-2 kg/h were used.
It should be noted that in a continuous process, the amount of air supply is related to the biomass feed rate, where for a typical woody biomass, the minimum air-fuel ratio (AFR) to achieve a complete combustion is about 6. To achieve a gasification, AFR≪ 6. In a batch process, the AFR criterion is not applicable since the amount of biomass in the bed decreases with time. However, in addition to minimizing the particle elutriation, the range of air flowrates applied in this study is based on the amounts that promote gasification at the initial stage assuming that the rate of mass loss is constant over the conversion period. As reported in Tran and White [31] , the mass loss during conversion of redwood is in the range 2.92-6.25 g/m 2 s depending on the ignition heat flux. Assuming a value of 3.0 g/m 2 s, the estimated air-fuel ratio over the range of biomass loads and air flowrates used in this study is within 0.2-1.4, which is in the range applied for a gasification process.
In each experiment, the sand bed was initially heated up at the applied air flowrate using the reactor heater. When the desired temperature ± 830 20°C was achieved, the heater was turned off and the required amount of biomass was then loaded. The temperatures and pressures at different bed positions 1-5 were captured at 1 sec intervals. The product gas was also sampled at 5 min intervals for offline analysis using the SRI gas chromatography (GC). The GC uses a TCD detector and helium as carrier gas with an installed column comprising a packed Molecular Sieve 13x. The GC operates at 10 psi in the temperature range −15 to 120°C, and provides the composition of the major fuel gases: carbon monoxide (CO), hydrogen (H 2 ) and methane (CH 4 ) as well as nitrogen and oxygen in each gas sample by the gradient-method. Each experiment was performed twice to confirm the repeatability, and the two data sets were averaged and recorded. Fig. 2 shows the variations of pressure drop measured at the base (position 1) and the temperature measured at the position 2 located 14.3 cm from the base of the bed containing 26.4 vol% wood pellets at 1.0 kg/h air flowrate. These temperature and pressure curves are also similar for all other biomass loads and air flowrates, and thus are described as the characteristic curves for a batch biomass conversion in the pilot plant which is typical for a bubbling bed. As shown in the figure, the bed pressure increases rapidly shortly after the required amount of biomass is introduced at point A. The peak pressure marked O increases with the amount of biomass charged in the bed. As the biomass undergoes conversion, the pressure first drops rapidly until a point D, then gently to point E and finally levels off to a value the same as that at the initial state. The rapid drop in pressure to point D indicates that most of biomass in the bed has been released as gas due to drying and devolatilization. Fig. 2(b) shows that the devolatilization begins as soon as biomass is introduced in the bed. After point D, the mole fraction of CH 4 in addition to that of H 2 becomes insignificant (< 0.5%). At point D, the concentration of CO is also very low while the N 2 mole fraction is close to 70%. In addition, the temperature decreases below the initial bed temperature and becomes minimum at point D, showing that the biomass devolatilization effectively completes at point D. During the devolatilization phase, the temperature first slightly drops below point O and then sharply to point D. The time variation of temperature within the bed may depend on the biomass load and axial position as shown in Fig. 3 .
Measurement of devolatilization and char residence times
Beyond point D, the temperature increases almost linearly until point P owing to oxidation of residual fuel gases and char particles. With further increase in time, the temperature increases but at a lower rate as there are little or no more amount of combustible gases in the bed. At this stage, the increase in temperature is due to oxidation of char particles in the parts of the bed with available oxygen. When the temperature reaches the peak value at point E, almost all the char particles are consumed, resulting in the levelling-off of the pressure in the bed. The temperature decreases beyond point E as the heat released from any residual char is significantly lower than the heat loss from the cold air that flows continuously through the bed. As shown in Fig. 3 , the temperature is approximately uniform along the reactor after point E, suggesting a complete consumption of fuel species in the bed. However, below this point, the figure shows that the temperatures at positions 4 and 5 are higher compared to those in the bed, possibly due to oxidation of fuel gases in the freeboard.
As can be seen in Fig. 2 , the biomass conversion process is characterized by two residence times, noted as the devolatilization time, t d and extinction time, t e . The devolatilization time is measured at the inflection point on the pressure while the extinction time is measured at the peak of the temperature curve. Within the time interval [0.t d ], the product gas exiting the reactor consists of combustible gases as can be seen in Fig. 2(b) . Beyond the time t d , little or no combustible gas components are present in the exit gas. When the time is increased to the value t e , the biomass particles are almost completely consumed. The time difference, − t t ( ) e d measures the mean effective char residence time. The mean biomass residence time, * t can be obtained at the point of intersection between the horizontal line drawn through point E and the line of best fit drawn through points D and P as shown in Fig. 2 . The value of * t is significant when considering a continuous flow process where there is always some amount of unconverted char in the bed.
Measurement of char yield and heat loss at completion of devolatilization
The peak of the pressure curve is proportional to the amount of biomass charged into the bed at the same air flowrate. The fractional change in the pressure drop as the conversion is going on can thus be used to estimate the change in the amount of biomass consumed in the bed. Between point D and E, the amount of char released in the bed can be obtained by considering a mass balance across the bed assuming that the pressure drop is related to the amount of solid particles in the bed.
By definition, the char yield γ char at the completion of devolatilization is given by 
Since the peak pressure drop is proportional to the mass of biomass m bio in the bed, then by the mass balance
here, g is the accerelation due to gravity and A is the cross-sectional area of the bed. For the same air flowrate, p s is the pressure drop in the bed containing only the sand particles, p O is the peak pressure drop after the biomass is introduced and p D is the pressure drop recorded at the end of devolatilization. Substituting Eqs. (2) and (3) in Eq. (1), the char yield can be measured from
The mean pressure drop in the pure sand bed is shown in Fig. 4 (a) for the range of air flowrates used in this study. The error bar indicates the standard deviation of the mean pressure over the 120 s measurement interval. As shown in the figure, the pressure drop is close to the bed weight per unit area, indicating that the bed is in fluidized state at each air flowrate.
Due to the bed fluctuation, it will be difficult to obtain the pressures at points O and D directly from the pressure curve. It should be noted that the required values of p D and p O are at the indicated time instances unlike the pressure drop in the pure sand bed that is measured as an average value over a time interval with measurement uncertainty σ s 2 ,
where σ s is the standard deviation of the measurement. For the bed containing biomass, a linear line drawn through point O and D is introduced as shown in Fig. 4(b) . From the line, an average pressure drop 
At the completion of the devolatilization, the total heat loss Q L can be obtained from the difference between the heat content of the bed before the temperature begins to drop significantly and the heat content at the end of the devolatilization as expressed below
where T B is the bed temperature before the significant drop is observed and T D is the temperature at the completion of devolatilization. m S is the total mass of solid between point B and D neglecting the mass loss and c p S , is the specific heat capacity of the bed. It should be noted that Q L is the net heat loss in the bed, which also accounts for the sensible heat loss by the flowing gas and the heat loss through the reactor walls.
, the specific rate of heat loss q̇L, can then be obtained as
Since the value of q̇L determined from Eq. (9) may change along the bed axis as can be seen in Fig. 3 , the average value between points 2 and 3 in the bed is computed and recorded for each experimental run.
Results and discussion
The analysis and results of the experimental data from conversion of the five different biomass loads at different air flowrates are presented in this section. Fig. 5 shows the temperature curve for the bed containing 20.2 vol% wood pellets compared to that of wood chips of approximately equal volume at the same air flowrate, 1.5 kg/h. It should be noted that on an equal volume basis, the two different beds contain approximately the same number of biomass particles. However, on the basis of equal mass, the difference between the hydrodynamic behaviour of the two different beds will be very large since the number of (a) (b) biomass particles in the bed of wood chips will be approximately three times as large as that in the pellet bed. Although the trends in Fig. 5(a) are similar for both beds, the results show that the initial mass fraction of biomass in the bed influences the extent to which the bed transits from one stage to another as discussed in Section 2.2. Due to higher mass percentage, the temperature drop during the heating up and devolatilization is higher in the bed with wood pellets. Both the devolatilization and extinction times are also higher in the pellet bed. The peak bed temperature is higher in the bed with pellets due to larger amount of char present after the time, t d compared to the amount present in the bed with wood chips. Moreover, the peak pressure in the wood chip bed is lower due to the smaller biomass mass load compared to that of the pellet bed as shown in Fig. 5(b) . is considerably higher than the corresponding value of t d at a given gas flowrate in both types of biomass. Both values of − t t ( ) e d and t d decrease with an increase in air flowrate. As the two biomass loads, x b for the wood chips are lower than those of the pellets, it is clear that at the same air flowrate, the corresponding residence time increases with increasing amount of biomass in the bed despite the biomass type. However, the dependency of the devolatilization time on the value of x b is less clear as can be seen in the figures.
Devolatilization and char residence times

Char yield and heat loss at completion of devolatilization
The amount of unconverted biomass, γ char at the completion of devolatilization is shown in Fig. 7(a) as a function of initial biomass load and air flowrates. The error bar represents the uncertainty σ char 2 in the measurement where the mean value over the 29 experimental runs is ± 8.8x10 -4 . For both types of biomass, the value of γ char decreases with an increase in air flowrate and a decrease in the value of x b . As shown in Fig. 7(b) , the heat loss increases with increasing air flowrate and biomass load owing to the increasing sensible heat loss from the larger mass flowrate of gas and larger amount of cold biomass introduced in the bed. With a higher heat loss, the final temperature at the completion of devolatilization decreases, resulting in a higher char yield. However, with an increase in air flowrate, partial oxidation of the char particles is enhanced due to higher availability of oxygen. This thus decreases the char yield at increasing air flowrate even though the heat loss is increased.
Correlations of the experimental data
As discussed above, the characteristic residence time depends on the air flowrate and the initial amount of biomass in the bed. The reaction time parameters are important for ensuring efficient conversion of biomass, particularly during the gasification process. Correlating the data obtained in this study can be useful when scaling up the bed. For the behaviour to be applied to larger beds, the flow variables need to be (a) (b) scaled in a similar manner to the amount of biomass added in the bed. The effect of the bed material needs to be considered also since the degree of fluidization at a given air flowrate depends on the particle properties (size, shape and density). To correctly scale the bed behaviour, the values of t d and t e are compared at different values of
is the superficial air velocity for a given air flowrate ṁa ir , and U mf is the minimum fluidization velocity of the bed material at the operating conditions. Fig. 8(a) shows the plot of
while the corresponding plot for the value of t e is shown in Fig. 8(b) . With reference to the points D and E shown in Fig. 2 , the value ofU 0 at each air flowrate is obtained at the temperature corresponding to the respective points while the corresponding value of U mf is predicted using the Wen and Yu [32] correlation. For each plot in Fig. 8 , the value of a is obtained by minimizing the mean square error between the fitting line and the experimental data. The results show that both values of 
The accuracies of the models described by Eqs. (10) and (11) are demonstrated in Fig. 9. Fig. 9 (a) and Fig. 9(b) display the calculated versus the measured biomass residence time for the devolatilization and char extinction, respectively. As can be seen, the uncertainties in the model predictions are ± 10% for both t d and t e , where the mean absolute errors are 7.7% and 7.6%, respectively. The higher range of errors are still within acceptable limits for initial design phase and validation of CFD models.
Similarly, Eqs (12) and (13) give the correlations of the char yields and heat losses at different biomass loads and air flowrates. The overall error in the prediction of γ char includes the uncertainty in the experimental data as described in Section 2.3. Both equations can be applied in modelling an air-biomass gasification process to account for the initial char yield and heat loss during the devolatilization.
Application to a continuous gasification process
To apply Eqs. (12) and (13) to a continuous process, the biomass load x b in the bed at the given operating conditions is required. As an approximation, a plug flow process can be considered over a cycle period, t e at the given biomass and air flowrates. By plug flow, it is assumed that all particles have the same residence time thereby reducing the instability that arises due to gas flow [33, 34] . Given a constant mass flow of biomass ṁb and a fixed mass of the bed material, m p , the 
Moreover,
at any given biomass load and air flowrate as shown in Fig. 6 . For a continuous flow of biomass in a bubbling fluidized bed, this means that there will be excessive pressure build-up due to biomass accumulation when the residence time of the fuel particles is in the order of t d . To obtain a stable process where the pressure in the bed is relatively low over an operating period, the biomass residence time must lie between t d and t e . Supposing * t is the operating mean residence time, the degree of char conversion or reaction completeness α can be obtained as
The value of α ranges from 0 to 1. When = α 0, the amount of char in the bed grows at the rate γ char kg/kg raw biomass and no steady state can be attained, although the product gas will be rich in combustible gases. When = α 1, the biomass particles in the bed will be reduced to approximately zero, and the exit gas will contain, beside nitrogen and unconverted oxygen, mostly CO 2 and H 2 O. However, by assessing the (a) (b) Fig. 9 . Computed versus measured biomass characteristic residence time (a) devolatilization (b) extinction, showing the accuracy of the models given by Eqs. (10) and (11) , respectively. The experimental data are those obtained in this study from the five different biomass loads at the six different air flowrates for each load. temperature profile for a typical biomass conversion as shown in Fig. 2 , it is clear that < < α 0
1will always be true for any given continuous process. The operating value of α can be taken as that corresponding to the mean residence time * t as indicated in Fig. 2 . The analysis shows that α varies within 0.45-0.7 for both types of biomass. The mean value of α for the wood pellets is 0.55 while that for the wood chips is 0.6. Fig. 10 compares the mean residence time, * t obtained as described in Fig. 2 with the values predicted using a combination of Eq. (10), Eq. (11) and the conversion factor α for different biomass loads. The superficial air velocity U 0 and the minimum fluidization velocity U mf of the 293 µm sand particles are evaluated at the temperature measured at the time, = * t t during the conversion period, and the value of α is based on the value corresponding to each air flowrate in the respective beds. As can be seen in Fig. 10 , the computed values of * t are closer to the measured values, despite the temperature difference at the devolatilization and extinction times, t d and t e . This therefore shows that for subsequent applications, the values of t d and t e can be obtained at the given bed operating temperature.
Based on the degree of conversion, the amount of unconverted char particles x char within the period ( − t t e d ) can be thus predicted from
where x char is the mass ratio of the unconverted char to the bed material. t d and t e can be computed using Eqs. (10) and (11) . As a percentage y char of the total solids in the bed, Eq. (16) can be re-expressed as
char char char (17) Using the value of y char estimated from Eq. (17), the minimum fluidization velocity, the minimum slugging velocity and other bubbleinduced properties in a biomass bubbling fluidized bed gasifier can be predicted. In addition, with the value of x char , the solids circulation rate, ṁs c required for a dual fluidized-bed biomass gasifier can also be determined as described below:
Although dual fluidized-bed gasifiers are originally operated for steam-biomass gasification [1] , applying this technology in an airblown gasifier can also help to achieve gasification at low air-fuel ratios, thereby achieving higher CO and H 2 yields in the syngas as for a single bubbling or circulating fluidized bed under autothermal operation (air-blown).
The application of the above correlations in a continuous biomass gasification process is illustrated in Fig. 11 . For the same biomass and air flowrates, the figure compares the values of q̇L and y char at different loadings of the bed material. The mass loading ratio Fig. 11(a) , giving different values of m p at different biomass feeds, while in Fig. 11(b) , the mass of the bed material = m 4 p kg is constant. The gasification temperature is 800˚C, the particle size is 300 µm and the degree of conversion = α 0.6 in all the plots. With an increase in the air-fuel ratio at the same biomass flowrate, the relative amount of char accumulated in the bed decreases and the heat loss during the devolatilization increases due to the increase in gas velocity, U U / mf 0 . The figures also show that the value of q̇L increases with increasing biomass feed rate. At the constant mass load ratio, the char accumulation decreases with increasing biomass flowrate due to the increasing mass of the bed material. Comparing Fig. 11(a) and (b), it can be seen that the heat loss decreases as the mass of the bed material increases, which can be connected to the increasing heat-holding capacity of the bed. With the lower heat loss, the char yield decreases, which can also explain the increasing char accumulation shown in Fig. 11(b) as the biomass supply increases.
In addition to air-fuel ratio, the results described above show that the gas velocity ratio U U / mf 0 is an important parameter that influences the extent of biomass conversion in a fluidized bed. Since the rates of particle entrainment and elutriation also depend on U U / mf 0 and on the amount of char present, the gas velocity ratio must be selected with caution for successful operation of a fluidized bed gasifier. Moreover, the value of x char obtained from the proposed model is not a steady state value at the given biomass flowrate and gasification conditions since it is based on t e , a time value very small to achieve a steady state in a gasifier. As shown in Timmer and Brown [4] , it can take over 12 h for a steady state condition to be achieved under elutriation effect. Without particle elutriation, this condition will take several more hours if it exists. The value of t e can be larger than 20 min, which is sufficiently long for successful control of a biomass gasification process. In addition, the proposed model for x char is developed based on the ideal plug flow which gives the desirable flow pattern for any continuous fluidized bed [33, 34] . Hence, Eq. (16) gives a more reliable information for successful design and operation of a bubbling fluidized bed gasifier than any steady state value.
Conclusions
This study presented a method for obtaining the residence time required for complete conversion of biomass in a bubbling fluidized bed using the time-variation of temperature and pressure in the bed. At any given biomass load and air flowrate, two characteristic times described as devolatilization and extinction times, were observed. The devolatilization time denotes the end of the conversion phase below which the exit gas contains combustible gases such as CO, H 2 and CH 4 while the extinction time marks the time over which nearly all the biomass charged in the bed is completely consumed. Both characteristic times decrease with increasing air flowrate and decreasing initial amount of biomass in the bed. In addition, the amount of char released and the total heat loss during the devolatilization were also measured and characterized.
Based on the data obtained in this study, different correlations were proposed for estimation of the mean biomass residence time, the amount of unconverted char particles and the devolatilization heat loss at a given operating condition. The prediction of the amount of biomass accumulated in the bed can be used in determining the minimum fluidization velocity, slugging velocity and other bubble-induced bed properties as well as the solids circulation rate desired for decongesting the accumulated biomass particles. The developed tools can provide a fast and accurate prediction of fluidized bed behaviour for biomass gasification.
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